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04Introduction
The use of simple equations of state for the calculations of
Vapor–Liquid Equilibrium (VLE) is preferred by practicing
engineers over the use of more complicated models [1]. Cubic
equations of state have gained overwhelming acceptance as a
robust and reliable, yet relatively simple, model for predicting
VLE of high-pressure systems. Mixing rules are used in
conjunction with cubic equations of state for the complete
representations of ﬂuid mixtures. These mixing rules require
empirically-determined Binary Interaction Parameters (BIPs)
to describe the VLE more accurately. The lack of those binary
interaction parameters often result in inaccurate VLE
predictions..V. All rights reserved.
Nomenclature
A equation of state parameter
b equation of state parameter
K Kelvin
kij binary interaction parameters, dimensionless
OF objective function
P absolute pressure, bar
Pxy a phase diagram that has pressure on its y-axis and
both the liquid composition (x) and the vapor
composition (y) on its x-axis.
R Universal gas constant, 8.314 m3 Pa/K mole
RMSE Root Mean Square Error
T absolute temperature, K
V molar volume, m3/mole
x liquid phase mole fraction
xi liquid phase mole fraction of ith component
y vapor phase mole fraction
Z compressibility factor
Greek letters
u^i fugacity coefﬁcient of ith component
ci activity coefﬁcient of ith component
h1, h2, h3 adjustable parameters, dimensionless
Superscript
E excess property
1 at inﬁnite pressure
V vapor phase property
L liquid phase property
138 S.-E.K. Fateen et al.The experimental data needed for the generation of BIPs
may be difﬁcult or too costly to obtain. Thus, the development
of simple models for the prediction of high-pressure VLE with
no need for experimental data is an important research objec-
tive. Several successful attempts have been made to introduce
an equation system based on the combination of a cubic equa-
tion of state with appropriate mixing rules to predict the VLE
without the need of binary interaction parameters ﬁtted from
experimental data.
Peng–Robinson [2] (PR) equation of state is one of the most
popular cubic equations of state. It has been used extensively
in process simulation tools to model the high-pressure VLE
behavior. Among the commonly used mixing rules are
Huron–Vidal [3] and Wong–Sandler [4]. Other mixing rules
have been successfully used. A review on the available mixing
rules is available elsewhere [5].
The objective of this work is to provide good estimates for
binary interaction parameters to be used with the simplest and
most widely-used equations system for the prediction of high-
pressure vapor–liquid equilibrium. Thus, we estimate general-
ized values of the binary interaction parameters to be used
with Peng–Robinson equation of state combined with van
der Waals mixing rules. The work was limited to systems of
hydrocarbons and related compounds.
The novelty of this work lies in the development of a gen-
eral correlation for the binary interaction parameter of van
der Waals mixing rules and the generation of the values of
the adjustable parameters of the developed correlation that
can be used to predict, with good accuracy, the vapor–liquid
equilibrium of the studied systems.
The remainder of this paper is organized as follows. The
next section introduces the Huron–Vidal and the van der
Waals mixing rules as applied to the Peng–Robinson equation
of state. The following section introduces the semi-empirical
correlation that is developed in this work. Next, the methodol-
ogy used to ﬁt the experimental data and verify the correlation
is presented. The following section presents the results of the
work, discusses its signiﬁcance and gives examples of the appli-
cation of the newly-developed correlation to ternary systems.
The last section ends with this work’s conclusions.Huron–Vidal and van der Waals mixing rules for the Peng–
Robinson equation of state
In this and the following section, we present the theoretical ba-
sis for the proposed semi-empirical correlation. The thermody-
namic properties and concepts used in this analysis follow the
framework used in Orbey and Sandler [5]. The Peng–Robinson
equation of state
P ¼ RT
V b
a
VðVþ bÞ þ bðV bÞ ð1Þ
can be used with the van der Waals mixing rules,
a ¼
X
i
X
j
zizj
ﬃﬃﬃﬃﬃﬃﬃ
aiaj
p ð1 kijÞ ð2Þ
b ¼
X
i
xibi ð3Þ
to predict the vapor–liquid equilibrium via the calculation of
the fugacity coefﬁcient of the liquid and the vapor phases
according to
ln u^i ¼ bi
b
ðZ 1Þ  lnðZ BÞ
 A
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ð4Þ
where B= bP/RT, A= aP/(RT)2, and Z= PV/RT. The
fugacity coefﬁcient is a measure of the deviation from the
ideal-gas mixture behavior and is used in the phase equilibrium
equation. The Huron–Vidal mixing rules use a different
equation for the a parameter as follows:
a ¼ b
X
i
zi
ai
bi
þ G
ex
c
C
" #
; ð5Þ
where C\ = 0.62323 for the Peng–Robinson equation of
state. The resulting fugacity coefﬁcient equation when using
Huron–Vidal mixing rules becomes
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ð6ÞSemi-empirical correlation for the binary interaction parameter
Soave and Gamba [6] showed that the van der Waals mixing
rules correspond to a special case of the Huron–Vidal mixing
rules, when the regular solution description is used to express
excess Gibbs at inﬁnite pressure. Excess Gibbs is the difference
between Gibbs energy of a mixture and Gibbs energy of an
ideal mixture at the same conditions. The equivalency of the
two fugacity coefﬁcient equations (Eqs. (4) and (6)) can be
used to relate the van der Waals binary interaction parameter,
kij, to the activity coefﬁcient, which accounts for the deviations
from ideal behavior of the mixture.
ai
biRT
þ ln ci
C
¼ a
bRT
2
P
jzjakj
a
 bi
b
 
ð7Þ
To remove the composition dependence of the activity coef-
ﬁcient, we consider the particular case of component 1 at inﬁ-
nite dilution in component 2 following the derivation of Soave
and Gamba [6]. Thus, Eq. (7) becomes
a1
b1RT
þ ln c
1
1
C
¼ a2
b2RT
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r
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Solving for the binary interaction parameter, k12, we get
k12 ¼ 1 1
2
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The activity coefﬁcient can be predicted using a predictive
excess Gibbs model such as UNIFAC. For this case, the inﬁ-
nite-dilution activity coefﬁcient can be used instead of the gen-
eral composition-dependent activity coefﬁcient. A simple way
to predict the inﬁnite-dilution activity coefﬁcient is to use the
Scatchard–Hildebrand equations [7] for regular solutions,
which provides an expression for the inﬁnite-dilution activity
coefﬁcient when the liquid volumes are replaced by the co-vol-
umes b. The inﬁnite-dilution activity coefﬁcient at inﬁnite pres-
sure becomes
ln c11 ¼ 
b1C

2RT
a1
b21
þ a2
b22
 2a12
b1b2
 !
: ð10Þ
Instead of using Eq. (10) for the inﬁnite-dilution activity
coefﬁcient at inﬁnite pressure, we replace it with a simple
empirical correlation that takes into account the effect of tem-
perature. The correlation also accounts for the effect of pres-
sure. The target is to obtain a correlation for the binary
interaction parameter that can ﬁt the experimental data with
a minimum set of parameters and can be used for similar sys-
tems, for which no experimental data is available. Hence, the
dependence on pressure will deem this correlation more versa-
tile and useful. The empirical correlation used is
ln c11 ¼ C
h1
Th2r1P
h3
r1
; ð11Þ
where h1, h2 and h3 are adjustable parameters. The ﬁnal corre-
lation for the binary interaction parameter becomesk12 ¼ 1 1
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Note that the above equation allows for unsymmetrical bin-
ary interaction parameters, which may be tempting to pursue.
The same formula can be used to calculate a different k21 when
the reduced temperature and pressure for the second compo-
nents are used. However, the use of unsymmetrical binary
interaction parameters proved to result in unrealistic predic-
tion of the phase behavior close to the critical point. Thus in
this work, k12 = k21 was used in the calculations.
Since the resulting correlations contain details about the
two components in the system as well as the temperature
and pressure, it was expected that the adjustable parameters
for similar substances would be similar. The values of the
adjustable parameters were obtained for hydrocarbon systems
and related compounds. Similar categories of substances were
identiﬁed and adjustable parameters for those categories were
also obtained. These parameters can be reused with similar sys-
tems for which no experimental data are available.
Experimental data ﬁtting
Data for hydrocarbon systems and related compounds were
obtained from a variety of literature sources [8–51]. The ﬁrst
column in Table 1 enumerates the systems considered. The sec-
ond column gives their names. The third and the fourth col-
umns give the number of data sets and the number of data
points, respectively.
For comparison, values for the constant binary interaction
parameter for the Peng–Robinson equation of state with the
classical van der Waals mixing rules were obtained from the
database of the AspenPlus software and used to give predic-
tions of the equilibrium at the temperatures of all data sets.
The three adjustable parameters for the binary interaction
parameter kijwere adjusted to ﬁt the experimental data for each
of the systems mentioned in Table 1. Bubble point calculations
were performed at every experimental liquid composition to
calculate the bubble pressure and the vapor composition. The
bubble point calculations estimate the pressure at which the
ﬁrst bubble of vapor is formed when reducing the pressure of
a liquid mixture and they also estimate the composition of
the ﬁrst bubble formed.
The algorithm for the bubble point calculations at each
point consisted of two loops; the function of the inner loop
was to change the vapor mole fraction to satisfy the equilib-
rium relation between the vapor composition and the liquid
composition
yi ¼
u^Li
u^Vi
xi ð13Þ
Broyden’s method [52] was used to facilitate the conversion
of the inner loop. The function of the outer loop was to change
the pressure to satisfy the summation of the vapor mole frac-
tion equation
P
iyi ¼ 1. A phase stability check was performed
according to Michelsen’s method [53] for the obtained bubble
pressure to ensure that it satisﬁes the two-phase condition.
A minimum value of the deviation between the experimen-
tal points and the model prediction was sought by adjusting
the three adjustable parameters to minimize the following
objective function:
Table 1 Experimental data sets used in this study, the values of the adjustable parameters, the RMSE of the regression using the
developed formula and the RMSE of the constant-k approach.
# Component 1/component 2 No. of
sets
No. of
points
h1 h2 h3 RMSE k12 RMSE of
const. k12
1 Benzene/heptane 2 29 1.7793 22.8298 2.2481 0.0776 0.0011 0.0947
2 Carbon dioxide/benzene 4 30 0.96606 0.37215 0.043118 0.0492 0.0774 0.107
3 Carbon dioxide/decane 9 91 1.483 1.5912 0.0600 0.0384 0.1141 0.0485
4 Carbon dioxide/ethane 15 208 1.4235 1.969 0.51141 0.0331 0.1322 0.0462
5 Carbon dioxide/heptane 4 63 1.4284 2.212 0.018053 0.0395 0.1 0.0478
6 Carbon dioxide/i-butane 7 95 1.1552 0.5271 0.040874 0.0552 0.12 0.0829
7 Carbon dioxide/i-pentane 7 75 1.004 0.61396 0.18009 0.0845 0.1219 0.128
8 Carbon dioxide/m-xylene 4 16 0.63027 0.018652 0.086257 0.0496 0.14339a 0.0699
9 Carbon dioxide/n-butane 21 285 1.3967 1.1904 0.047138 0.0663 0.1333 0.0743
10 Carbon dioxide/n-hexane 7 75 1.3196 1.1245 0.079638 0.0260 0.11 0.0622
11 Carbon dioxide/n-pentane 17 190 1.308 0.72998 0.078627 0.0922 0.1222 0.109
12 Carbon dioxide/octane 5 39 1.3958 0.91696 0.10569 0.0277 0.13303a 0.0496
13 Carbon dioxide/propane 20 306 1.4085 0.25463 0.073905 0.0426 0.1241 0.0576
14 Carbon dioxide/toluene 7 36 1.1807 1.4945 0.084523 0.0623 0.1056 0.0777
15 Ethane/benzene 1 7 0.5452 7.3061 0.2326 0.0210 0.0322 0.0749
16 Ethane/heptane 5 32 0.0848 0.1268 2.6938 0.0342 0.0067 0.0421
17 Ethane/hexane 4 48 0.3191 0.1129 2.5086 0.134 0.01 0.146
18 Ethane/hydrogen sulﬁde 4 45 2.4607 0.80676 0.062934 0.0581 0.0833 0.166
19 Ethane/i-butane 4 40 0.071971 4.9954 0.86325 0.105 0.0067 0.121
20 Ethane/n-butane 7 62 0.3157 0.2182 1.9626 0.122 0.0096 0.127
21 Ethane/octane 4 46 0.2874 0.4289 0.0239 0.0223 0.0185 0.0273
22 Ethane/propane 10 204 0.00182 0.89866 4.048 0.0477 0.0011 0.0467
23 Hexane/benzene 4 40 4.1217 22.6636 2.097 0.0581 0.0093 0.0701
24 Hydrogen sulﬁde/benzene 3 24 0.23964 0.68015 0.098572 0.0173 0.00293a 0.0191
25 Hydrogen sulﬁde/butane 6 63 0.8006 2.5291 0.44581 0.0788 0.11554a 0.0929
26 Hydrogen sulﬁde/decane 6 55 1.1815 1.2244 0.03983 0.0522 0.0333a 0.0571
27 Hydrogen sulﬁde/heptane 7 69 1.2103 0.5664 0.059205 0.0637 0.06164a 0.0755
28 Hydrogen sulﬁde/hexane 3 25 1.1128 1.4782 0.0254 0.0361 0.05744a 0.0369
29 Hydrogen sulﬁde/i-butane 5 53 0.9219 3.5258 0.4963 0.0657 0.0474 0.110
30 Hydrogen sulﬁde/m-xylene 4 30 0.16833 0.7745 0.52783 0.0563 0.0172a 0.104
31 Hydrogen sulﬁde/pentane 5 55 1.1753 0.59399 0.035541 0.0481 0.063 0.103
32 Hydrogen sulﬁde/toluene 4 27 0.12967 1.6078 0.49196 0.0393 0.00751a 0.0601
33 Methane/benzene 1 9 1.3016 1.3863 0.0135 0.0771 0.0363 0.0809
34 Methane/carbon dioxide 12 110 2.5522 0.80726 0.081903 0.0383 0.0919 0.0667
35 Methane/ethane 24 247 0.25631 1.0856 0.22141 0.0236 0.0026 0.0300
36 Methane/heptane 6 69 0.63543 2.6528 0.27181 0.0630 0.0352 0.105
37 Methane/hexane 16 164 0.47074 1.2722 0.12573 0.0699 0.0422 0.0935
38 Methane/hydrogen sulﬁde 6 87 2.1869 0.000377 0.0021896 0.0820 0.08857a 0.106
39 Methane/i-butane 3 41 0.16027 0.88324 0.22258 0.03 0.0256 0.0487
40 Methane/m-xylene 1 11 1.3709 1.5864 0.020632 0.0433 0.0844 0.364
41 Methane/n-butane 18 174 0.26158 2.7064 0.007763 0.0359 0.0133 0.0412
42 Methane/n-decane 10 180 0.3349 0.66795 0.13221 0.0466 0.0422 0.0668
43 Methane/nonane 8 131 0.87786 2.0391 0.0062196 0.0317 0.0474 0.0715
44 Methane/n-pentane 20 192 0.38891 1.4822 0.10371 0.0530 0.023 0.0630
45 Methane/propane 16 283 0.21065 0.085365 0.16692 0.0429 0.014 0.0463
46 Methane/toluene 1 11 1.5806 1.3061 0.2421 0.0456 0.097 0.549
47 Nitrogen/benzene 3 15 10.9661 1.7329 0.054387 0.0203 0.1641 0.0659
48 Nitrogen/butane 7 94 4.5148 1.989 0.033379 0.103 0.08 0.117
49 Nitrogen/carbon dioxide 9 126 2.9856 0.7253 0.1121 0.0571 0.017 0.0851
50 Nitrogen/ethane 8 92 1.8177 1.1792 0.1195 0.0621 0.0515 0.133
51 Nitrogen/heptane 10 146 4.4672 1.2858 0.33427 0.116 0.1441 0.179
52 Nitrogen/hexane 7 79 6.8492 2.0403 0.1039 0.128 0.1496 0.145
53 Nitrogen/hydrogen sulﬁde 7 75 10.5967 1.4144 0.049292 0.131 0.1767 0.184
54 Nitrogen/methane 12 129 0.86611 0.43608 0.008506 0.0214 0.0311 0.0311
55 Nitrogen/octane 5 78 6.7118 1.6856 0.26848 0.102 0.41 0.474
56 Nitrogen/pentane 13 118 2.0432 0.98778 0.15599 0.103 0.1 0.120
57 Nitrogen/propane 3 32 2.0255 0.9579 0.11162 0.0272 0.0852 0.0479
58 Nitrogen/toluene 1 10 5.8773 1.2396 0.034697 0.0405 0.20142a 0.0569
59 Pentane/toluene 5 55 0.12736 2.3266 0.5283 0.0275 0.00845a 0.0335
60 Propane/i-butane 4 40 0.20668 3.8567 0.9207 0.0364 0.0078 0.0377
61 Propane/i-pentane 8 92 0.45184 3.8993 0.89997 0.0435 0.0111 0.0487
a kij was not available in the Aspen database. Fitting was performed on the available data.
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Table 2 Categorization of the tested systems based on the RMSE difference between the result of the developed formula as opposed
to the result of a constant binary interaction parameter.
Diﬀerence in RMSE< 5% Diﬀerence in RMSE between 5% and 10% Diﬀerence in RMSE> 10%
All other tested systems not listed here Nitrogen/ethane Methane/toluene
Nitrogen/heptane Nitrogen/octane
Carbon dioxide/benzene Methane/m-xylene
Hydrogen sulﬁde/pentane Ethane/hydrogen sulﬁde
Ethane/benzene
Nitrogen/hydrogen sulﬁde
Table 3 The values of the adjustable parameters for categories of systems and the respective RMSE.
# Category 1/category 2 No. of sets No. of points h1 h2 h3 RMSE
1 Alkanes/alkanes 46 591 0.22806 0.18772 0.96388 0.0661
2 Alkanes/aromatics 12 131 0.82592 9.78e5 0.020973 0.0787
3 Methane/light alkanes 43 476 0.28737 1.626 0.064303 0.0529
4 Carbon dioxide/light alkanes 79 1046 1.413 1. 2593 0.047519 0.0657
5 Carbon dioxide/heavy alkanes 18 193 1.4656 1.707 0.009157 0.0537
6 Carbon dioxide/aromatics 15 82 1.0531 0.97216 0.049409 0.0632
7 Hydrogen sulﬁde/heavy alkanes 13 124 1.1677 0.89869 0.061973 0.0614
8 Methane/heavy alkanes 22 355 0.50209 0.99478 0.0087438 0.0645
9 Methane/light alkanes 87 1040 0.32192 0.82836 0.036413 0.0609
10 Nitrogen/aromatics 5 35 4.0915 0.86053 0.036825 0.0615
11 Hydrogen sulﬁde/aromatics 11 81 0.0967 1.7173 0.6559 0.0543
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Fig. 1 Pxy equilibrium diagram for ethane and hydrogen sulﬁde
at 255 and 283 K using the semi-empirical correlation for kij (solid
line) (h= [2.46070.806760.06293]) as compared with the results
of the constant-kij calculations (dotted line) (kij = 0.0833) and
with published experimental data (markers) [56]. The pressure
data points are within 0.1 bar.
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Fig. 2 Pxy equilibrium diagram for methane and toluene at
313 K using the semi-empirical correlation for kij (black solid line)
(h= [1.58061.30610.2421]) as compared with the results of the
constant-kij calculations (red dotted line) (kij = 0.097) and with
published experimental data (markers) [57]. The pressure data
points are within 1 bar.
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 !224
3
5 ð14Þ
where is is the index for the experimental data sets and ip is the
index for the data points in each data set. In the data ﬁtting
procedure, this selected objective function equates the weightof the errors in the prediction of the pressure and the errors
in the prediction of the vapor mole fraction so that the predic-
tions would match both the experimental pressure and the
experimental vapor composition as close as possible.
Minimization was performed using the MATLAB function
fmincon, which attempts constrained nonlinear optimization.
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Fig. 3 Pxy equilibrium diagram for nitrogen and ethane at 172
and 220 K using the semi-empirical correlation for kij (solid line)
(h= [1.81771.17920.1195]) as compared with the results of the
constant-kij calculations (dotted line) (kij = 0.0515) and with
published experimental data (markers) [55,58].
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Fig. 5 Ternary liquid vapor equilibrium diagram for methane,
carbon dioxide and propane at 270 K and 55 bar using the semi-
empirical correlation for kij as compared with the results of the
constant-kij calculations and with published experimental data
[54]. The scale of axes is in mole%.
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interior-point algorithm. The iterations for minimization
stopped when the relative change in all the adjustable param-
eters were less than 1010. The initial point was usually taken
as [011] for the adjustable-parameters vector. In some cases,
the initial value caused convergence problems for the bubble
point algorithm. In those cases, minimization was performed
on a subset of the experimental data. Once those data points
were ﬁtted, the calculated values of the adjustable parameters
were used as the initial point for a larger subset of the experi-
mental data. This procedure was repeated until all the experi-
mental data were included in the data ﬁtting procedure.
An easier application of the developed formula would be to
use lumped values for the adjustable parameters for categories0 0.1 0.2 0.3
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Fig. 4 Pxy equilibrium diagram for methane and carbon dioxide at 25
(h= [2.55220.817260.0819]) as compared with the results of the const
experimental data (markers) [58].of components. The formula could lend itself to category-
based application because it already contains information
about the critical points of the components. Thus, an attempt
was made to obtain lumped values for the adjustable parame-
ters for different categories by ﬁtting the data sets of the li-
quid–vapor equilibrium of similar components. The above
procedure was repeated for entire categories with larger data
sets.0.4 0.5 0.6 0.7
4
 , yCH4
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Fig. 6 Ternary liquid vapor equilibrium diagram for nitrogen,
carbon dioxide and ethane at 270 K and 60 bar using the semi-
empirical correlation for kij as compared with the results of the
constant-kij calculations and with published experimental data
[55]. The blue line/markers represent the experimental data, the
red lines/markers represent the results of this work and the green
lines/markers represent the results of the constant-kij calculations.
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Fig. 7 Ternary liquid vapor equilibrium diagram for nitrogen,
carbon dioxide and ethane at 220 K and 8 bar using the semi-
empirical correlation for kij as compared with the results of the
constant-kij calculations and with published experimental data
[55]. The blue line/markers represent the experimental data, the
red lines/markers represent the results of this work and the green
lines/markers represent the results of the constant-kij calculations.
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Table 1 shows the values obtained for the three adjustable
parameters for each of the system considered. The Root Mean
Square Error (RMSE), which is a measure of the differences
between values predicted by our model and the experimental
value, was calculated from the objective function, OF, accord-
ing to the formula
RMSE ¼
ﬃﬃﬃﬃﬃﬃﬃ
OF
n
r
ð15Þ
Table 1 also shows the RMSE for the PR predictions when
constant values of the binary interaction parameters were used.
The last column in Table 1 entitled ‘RMSE of const. k12’ lists
the RMSE resulting from comparing the predictions of PR
equation of state used with a constant-k12 mixing rule with
the experimental data. The systems tested can be divided into
three categories as shown in Table 2. The improvements ob-
tained through the use of the developed formula are clear for
the systems listed in the ﬁrst two columns. When the two com-
ponents in the systems differ substantially in terms of their size
or polarity, the use of a cubic equation of state like Peng–Rob-
inson with the classical mixing rule is usually not preferred.
However, with the use of the developed formula, the use of
PR and vdWmixing rule can be extended to systems in the ﬁrst
and second columns of Table 2 with signiﬁcantly improved
results.
The lumping of components into categories can lend itself
to an easier usage of the developed formula. Regression anal-
ysis was performed on different categories of components andthe obtained parameters are shown in Table 3, which shows
the systems for which the RMSE value was less than 10%.
For systems that belong to other categories such as hydrogen
sulﬁde/light alkanes or nitrogen/light alkanes, it is better to
use the adjustable parameters obtained for individual pairs
as they will produce better results.
Comparison with constant-kij predictions
The use of the developed formula considerably improved the
prediction of the PR/vdW model for the systems shown in
the ﬁrst column of Table 2. Figs. 1 and 2 show this improve-
ment graphically. Fig. 1 shows the Pxy vapor–liquid equilib-
rium diagram for ethane and hydrogen sulﬁde at 255 and
283 K using the semi-empirical correlation for kij as compared
with the results of the constant-k calculations and with the
experimental data. Fig. 2 shows the Pxy equilibrium diagram
for methane and toluene at 313 K using the semi-empirical cor-
relation for kij as compared with the results of the constant-k
calculations and with the experimental data.
The improvement in the prediction can also be seen with
the systems in the second column of Table 2. Fig. 3 shows
the Pxy vapor–liquid equilibrium diagram for nitrogen and
ethane at 172 and 220 K using the semi-empirical correlation
for kij as compared with the results of the constant-k calcula-
tions and with the experimental data. On the other hand, the
improvement in the prediction for systems in the third column
is small yet signiﬁcant as shown in Fig. 4, which shows the Pxy
vapor–liquid equilibrium diagram for methane and carbon
dioxide at 250 and 270 K using the semi-empirical correlation
144 S.-E.K. Fateen et al.for kij as compared with the results of the constant-k calcula-
tions and with the experimental data.
Extension to ternary systems
The developed formula was used to predict the vapor–liquid
equilibrium for ternary systems and compared with experimen-
tal data reported in the literature. For meaningful comparisons,
the developed model was used to obtain the liquid and vapor
composition at equilibrium at a given temperature, pressure
and liquid composition of component 1, which is the most vol-
atile component. The experimental and predicted points can
then be presented on one ternary diagram. The experimental
data in this comparison were not used during regression.
Fig. 5 shows the ternary liquid vapor equilibrium diagram
for methane, carbon dioxide and propane at 270 K and
55 bar using the semi-empirical correlation for kij as compared
with the results of the constant-k calculations and with the
experimental data published be Webster and Kidnay [54]. The
predictions of the two models are similar for this system, but
this was not always the case. In the system nitrogen–ethane–
carbon dioxide, both models failed to provide satisfactory
predictions of the experimental data. Fig. 6 shows the ternary
liquid vapor equilibrium diagram for nitrogen, carbon dioxide
and ethane at 270 K and 60 bar using the semi-empirical
correlation for kij as compared with the results of the con-
stant-kij calculations and with the experimental data published
by Brown et al. [55]. For this system, both model predictions
were not close to the experimental data but their predictions
were different from one another. Performing the comparison
on the same system at different conditions also showed that
both models were unable to predict satisfactorily the
experimental results. The constant-kij model did not predict
the existence of the two phases within a subset of composition
range as compared with the formula developed in this work,
which predicted a continuous two-phase region similar to the
experimental behavior at 220 K and 8 bar. However, quantita-
tive agreement was not obtained as shown in Fig. 7.
Conclusions
This work showed that the complexity of a mixing rule can be
incorporated into a semi-empirical correlation for the binary
interaction parameter for the classical van der Waals mixing
rules. The adjustable parameters were obtained for use with
the developed formula. The formula predictions were univer-
sally better than the constant-k approach when applied to bin-
ary systems of hydrocarbons and related compound. Values
for the adjustable parameters were also obtained for categories
of similar components, which would allow the extension of this
work to systems for which no experimental data are available.
The application of the developed formula on ternary systems
did not show signiﬁcant improvements over the constant-kij
approach.
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